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1. Introduction

The supply of oxygen to a growing biological species, aeration, in aerobic bioreac-
tors is one of the most critical requirements in biotechnology. It was one of the
biggest hurdles that had to be overcome in designing bioreactors (fermenters)
capable of turning penicillin from a scientific curiosity to the first major antibio-
tic (1). Aeration is usually accomplished by transferring oxygen from the air into
the fluid surrounding the biological species, from where it is in turn transferred
to the biological species itself. The rate at which oxygen is demanded by the bio-
logical species in a bioreactor depends very significantly on the species, on its
concentration, and on the concentration of the other nutrients in the surround-
ing fluid (1,2) (see CELL CULTURE TECHNOLOGY). There is no unique set of units used
to define this rate requirement, but some typical figures are given in Table 1. The
very wide range is noteworthy; during the course of a batch bioreaction, oxygen
demand often passes through a marked maximum when the species is most bio-
logically active (1).

The main reason for the importance of aeration lies in the limited solubility
of oxygen in water, a value that decreases in the presence of electrolytes and other
solutes and as temperature increases. A typical value for the solubility of oxygen

Table 1. Oxygen Demands of Biological Species

Biological species kg O2/(m3�h) References

bacteria/yeasts 1–7 1, 3
plant cells 0.03–0.3 4
seed priminga 1–8 � 10�2 5
mammalian cellsb 2–10 � 10�3 6

a Based on a seed density of 100 kg/m3.
b Based on a cell density of 1012 cells/m3.
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(the equilibrium saturation concentration) in water in the presence of air at
atmospheric pressure at 258C is �0.008 kg O2/m3 (¼ 8 ppm¼ 0.25 mmol/L).
Thus, for a yeast or bacterial bioreaction demanding oxygen at the rates given
in Table 1, all oxygen is utilized in �10–40 s (3,7).

In addition to each bioreaction demanding oxygen at a different rate, there
is a unique relationship for each between the rate of reaction and the level of dis-
solved oxygen (1,8). A typical generalized relationship is shown in Figure 1 for a
particular species, eg, Penicillium chrysogenum or yeast. The shape of the curve
is such that a critical oxygen concentration, Ccrit, can be defined above which the
rate of the bioreaction is independent of oxygen concentration, ie, zero order with
respect to oxygen. The typical values given in Table 2 indicate that the critical
concentration is usually on the order of 1–20% of the oxygen saturation value.
Thus for each species, oxygen should be transferred rapidly enough to allow
the oxygen demand to be met throughout the volume in which the bioreaction
is occurring using a level of dissolved oxygen above the critical value. Failure
to do so leads to a reduction in the overall rate and possibly a change of bioreac-
tion to a different and unwanted metabolic pathway. If oxygen concentration
falls low enough, an anaerobic reaction may develop. Yeast fermentations are
a particularly good example of such possibilities (1,8).

In the cases of pellets (9), flocs (10), and immobilized cells and enzymes (11),
aeration becomes more complex (1). Here it is the level of oxygen at the active
biological site within the solid particle or aggregate rather than the level of
dissolved oxygen in the surrounding fluid that determines the overall rate of
reaction. Indeed, in certain cases such as penicillin fermentations, pellets form
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Fig. 1. The relationship between rate of oxygen uptake and dissolved oxygen, concentra-
tion where Ccrit is the critical oxygen concentration.

Table 2. Critical Oxygen Concentrations at 308Ca

Organism
Ccrit,

ðkg O2=m3Þ � 104

Azotobacter vinelandi 6–16
Pseudomonas denitrificans 3
Penicillium chrysogenum 3
Aspergillus oryzae 6.5

a Ref. 1.
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of such a size that the center of the pellet becomes inactive (12). A similar effect is
observed when biofilms form on cooling surfaces. At a certain thickness the oxy-
gen concentration at the base of the film becomes zero, ie, that region becomes
anaerobic, and the biological species, eg, Pseudomonas fluorescens, at the surface
that is being fouled dies and sloughs off (13).

2. Principles of Oxygen Transfer

2.1. The Basic Mass-Transfer Steps. Figure 2 shows the steps
through which oxygen must pass in moving from air (or oxygen-enriched
air) to the reaction site in a biological species (1,14). The steps consist of trans-
port through the gas film inside the bubble, across the bubble–liquid interface,
through the liquid film around the bubble, across the well-mixed bulk liquid
(broth), through the liquid film around the biological species, and finally trans-
port within the species (eg, cell, seed, microbial floc) to the bioreaction site. Each
step offers a resistance to oxygen transfer. In the last step, the resistance to
transport is negligible for freely suspended bacteria or cells that are extremely
small, but for immobilized cells and biological flocs and pellets the rate of oxygen
diffusion through their structure may be rate limiting. In the more complex
situation, the rate of oxygen diffusion to the active sites depends on mass trans-
fer through the external boundary layer followed by diffusion through the solid
as governed by Fick’s law. The theory is essentially the same as that applied to
chemical catalysis (qv.) and is described very well in (1), and other standard texts.

The rate-limiting step typically occurs at the air–liquid interface and, for
biological species without diffusion limitations, the overall relationship can be
simply written at steady state as

oxygen transfer rate from air ðOTRÞ ¼ oxygen uptake rate by biological species ðOURÞ:

Provided this equality is satisfied and the dissolved oxygen concentration in
the well-mixed liquid is greater than the critical concentration throughout the
bioreactor, then the maximum oxygen demand of the species should be met

CL CLCipipg
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Fig. 2. Steps by which oxygen is transferred from the gas phase to the biological reaction
site. Terms are defined in the text.
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satisfactorily. Design of the bioreactor must ensure that the above requirements
are achieved economically and without damaging the biological species.

When the oxygen demand is low, eg, at the start of a batch fermentation
when the amount of biomass is small, the oxygen uptake rate at the bioreaction
site is the limiting step and the level of dissolved oxygen is high (near satura-
tion). When the oxygen demand becomes high, however, the rate-limiting step
is that associated with transfer across the bubble–liquid interface and this
rate of transfer is critically dependent on the fluid flow at the gas–liquid inter-
face as well as the concentration of oxygen in both the gas and the liquid phases.
The liquid-phase oxygen concentration is now low, but it should not be allowed to
fall below the critical value. It is when this gas–liquid mass-transfer step is rate-
limiting that the biggest demands are made on the bioreactor. Then there is the
greatest difficulty in getting enough oxygen into the suspending fluid (broth) to
satisfy the oxygen demand of the biological species.

2.2. The Basic Mass Transfer Relationship. The basic principles that
underlie oxygenation (aeration) are exactly the same as those that determine the
rate of transfer of any sparingly soluble gas (oxygen) from the gas stream (air) to
the unsaturated liquid (broth). The rate at which this transfer takes place is
dependent on four principal parameters (1,14,15). The first is the area of contact
between the gas and the liquid. In most bioreactors, this is provided by disper-
sing air in the suspending fluid (medium or broth) to give a large specific area of
contact as implied by Figure 2. However, there are also other methods, especially
in wastewater treatment, by which large specific areas of contact are produced.
Solid supports are used on which films of the irrigated, biologically active species
grow, eg, trickling bed filters and rotating disk contactors (11,14). The other three
mass-transfer rate parameters are the driving force available (ie, the difference
in concentration of oxygen in the two phases); the two-phase fluid dynamics
(including the effect of viscosity); and the chemical composition of the liquid.

The first assumption in all such physical mass transfer processes is that
equilibrium exists at the interface between the two phases. This assumption
implies that, at the interface, the concentration of the gas in the liquid, Ci, is
equal to its solubility at its partial pressure in the gas phase, pi. Since, for spar-
ingly soluble gases such as oxygen, there is a direct proportionality between the two,

pi ¼ HCi ð1Þ

where H is the Henry’s law constant. The second assumption is that as the gas is
absorbed, its concentration falls progressively, from a high in the bulk concentra-
tion in the gas phase, pg, to that at the interface, pi, then again from that on the
liquid side of the interface, Ci, to a low in the bulk liquid, CL (see Fig. 2).

The rate of mass transfer, J, is then assumed to be proportional to the con-
centration differences existing within each phase, the surface area between the
phases, A, and a coefficient (the gas or liquid film mass transfer coefficient, kg or
kL, respectively) which relates the three. Thus

J ¼ kgA pg � pi

� �
ð2Þ

¼ kLA Ci � CLð Þ ð3Þ
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Equations 2 and 3 also stand as the definitions of kg and kL. For sparingly
soluble gases, however, pi’pg so that from equation 1,

Ci ¼ pi=H ¼ pg=H ¼ C�
g ð4Þ

and

J ¼ kL A C�
g � CL


 �
ð5Þ

where C�
g is the solubility of oxygen in the broth that is in equilibrium with the

gas phase partial pressure of oxygen. Thus the aeration rate per unit volume of
bioreactor, N, is given by

N ¼ J=V ¼ kL A=Vð Þ C�
g � CL


 �
¼ kLa C�

g � CL


 �
ð6Þ

where a is the interfacial area per unit volume. At steady state, N must equal the
OUR, which should be that demanded by the biological species in the range
CL>Ccrit.

2.3. The Driving Force for Mass Transfer. The rate of mass transfer
increases as the driving force, C�

g �CL, is increased. C�
g can be enhanced as

follows. From Dalton’s law of partial pressures

pg ¼ Pg y ð7Þ

where y is the mole (volume) fraction of oxygen in the gas phase and Pg is the
total pressure, ie, back pressure plus static head. C*

g (eqs. 4 and 5) is also a function
of composition and temperature, decreasing with both. CL can be low provided it
is above Ccrit. However, in a very large scale bioreactor where circulation times
are of the same order as the time for total oxygen depletion (3,7), the average
value may need to be kept well above Ccrit so that local values below it may be
avoided. There are very few studies on the variations of CL in any bioreactor
(16,17), partly because of the difficulty of measuring it. CL is usually measured
by an oxygen electrode that gives CL/C*

g as a percentage and this value is sensi-
tive to the local velocity over the probe, particularly if the liquid is viscous (18).

In a stirred bioreactor, the liquid is generally considered well-mixed, ie, CL

is spatially constant. The gas phase too may be well mixed (19) so that

pg ¼ constant ¼ ðpgÞout ð8Þ

where (pg)out is the partial pressure of oxygen in the exit gas and

C�
g ¼ ðpgÞout=H ð9Þ

This situation is most probable with fairly intense agitation and on the
small scale. On the other hand, for ease of application, it is often assumed that
no oxygen is utilized. This is the so-called no-depletion model. In this case

C�
g ¼ ðpgÞin=H ð10Þ
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Again, it is most reasonable on the small scale, but only with low kLa
values. Most of the data leading to kLa values in the literature [especially
those in the review in (20)] were obtained by making this assumption.

For large-scale bioreactors (21), especially those of the air lift type (22), the
gas phase is best considered as being in plug flow, so that a log mean value of
driving force is obtained:

�Cim ¼ �Cin ��Cout

lnð�Cin=�CoutÞ
ð11Þ

where

�Cin ¼ ½ðpgÞin=H� � CL ð12Þ

and

�Cout ¼ ½ðpgÞout=H� � CL ð13Þ

2.4. The Mass-Transfer Coefficient, kLa. Because of the interaction
between kL and a when air is dispersed in the media, the two have not often
been measured separately. When they have been measured, kL has been found
to be dependent on the relative velocity between the phases, the level of turbu-
lence in the liquid, and the size of bubbles. However, it is a relatively weak func-
tion of all of those. In addition, it appears that impurities, whether in solution or
suspension, reduce the ease with which oxygen can pass across the interface (23)
and, consequently, reduce the value of kL.

The Sauter mean bubble size, dB, is also relatively insensitive to the fluid
dynamics, especially in low viscosity broths. On the other hand, it is quite sensi-
tive to the composition of the fluid, especially to the presence of substances that
inhibit coalescence. In fact, coalescence and its inhibition plays a much larger
role in controlling bubble size than bubble break-up. Theories of break-up sug-
gest that bubble size increases with increasing surface tension, s. However, in
aqueous solutions, alcohols reduce s whilst electrolytes increase it but both inhi-
bit coalescence and reduce dB (24). Unfortunately, as a result, a satisfactory
equation is not available for calculating dB. Nevertheless, those interested in
CFD predictions of bioreactors generally do not appear to recognise this fact.

When the bubbles are smaller, especially in stirred bioreactors, bubbles
very easily circulate with the broth. This increased recirculation when coales-
cence is inhibited leads to a significantly larger hold-up, ie, increased volume
fraction of gas phase, eH. dB, eH, and a are all related.

a ¼ 6�H=dB ð14Þ

Therefore, a values in the presence of coalescence inhibitors are much
higher than without them (25), the changes in a outweighing changes in kL.
Thus, it is found that coalescence inhibitors such as electrolytes and low molecu-
lar weight alcohols increase kLa by up to an order of magnitude compared to
water (26). Coalescence promoters such as antifoams generally lower kLa by
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somewhat similar amounts (27,28). In addition, neither dB nor kL is a strong
function of the fluid dynamics, but the amount of air recirculation is, so kLa
and eH are both related to the fluid dynamics in similar ways (29). However,
exceptions to this interrelationship have been reported (30) and therefore
it should be treated with care. For example, if a certain agitator produces a
higher hold-up without a commensurate increase in kLa, it represents a reduc-
tion in performance because productivity is linked to the volume of broth in the
bioreactor.

Increases in broth viscosity significantly reduce kLa and cause bubble size
distributions to become bimodal (31). Overall, kLa decreases approximately as
the square root of the apparent broth viscosity (32). kLa can also be related to
temperature by the relationship (33)

kLa ¼ ðkLaÞ20�
ðT�20Þ ð15Þ

where (kLa)20 is the value at 208C, y’ 1.022, and T is the temperature, 8C; ie, kLa
increases by �2.5%/ 8C.

2.5. The Measurement of kLa. There are two main methods for mea-
suring kLa, the unsteady-state method, and the steady-state method. In the
most common unsteady-state method, the level of dissolved oxygen is first
reduced to zero, either by bubbling through nitrogen or by adding sodium sulfite
(20). Then, the increase in dissolved oxygen concentration as a function of time is
followed using an oxygen electrode. One of the assumptions set out earlier about
the extent of gas-phase mixing has to be made and the choice can be very signif-
icant, giving kLa values when they are high differing by an order of magnitude
for the same raw data (34). If two oxygen electrodes, one in the liquid phase and
one in the gas, are employed, this difficulty can be eliminated, but the technique
is quite difficult to use (35,36). Two other ways of circumventing these gas-phase
mixing issues have also been proposed. In one, pure oxygen is used after degas-
sing has been completed so that the driving force is always constant (37). In the
other, a step change in backpressure is utilized to produce the transient (38).
Both are rather specialized and it is not apparent that they are being used sig-
nificantly.

In addition, the electrode response time requires consideration (18,20) as
does the quality of liquid-phase mixing (22). Most significantly, it should again
be emphasized that kLa is very dependent on composition. For example, the
kLa of distilled water measured by nitrogen degassing is significantly less than
that measured by sulfite deoxygenation. This difference occurs because the sul-
fite acts as a coalescence inhibitor, greatly enhancing hold-up, and therefore a
and kLa.

For stirred bioreactors, the unsteady-state technique can be adapted to give
kLa values for real bioreactions (39) including animal cell culture (40). Though
the method has the same inherent weaknesses as all the dynamic techniques,
its advantage is that the kLa is determined for the system of interest. These
experimental values may well be very different from those predicted by litera-
ture correlations based on water or idealized liquids. This point is likely to be
particularly valid for mycelial fermentations for example. Additionally, the pre-
sence of antifoam can cause a dramatic reduction (28).
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Steady-state techniques are better and often can be carried out on real bio-
reactions. In most cases, however, and especially for batch systems, it is neces-
sary to carry out an oxygen balance on the air in order to determine the mass of
oxygen utilized and thus the mass flux represented in equation 6. Assumptions
must again be made about the gas- and liquid-phase mixing. The significance of
the assumptions is less than in the unsteady-state, except on the large scale
where the well-mixed liquid assumption breaks down (16,17). No really satisfac-
tory way of overcoming this problem has yet been proposed. Given suitable
instrumentation, the steady-state method of measurement for the bioreaction
of interest is the recommended technique. However, it is not suitable in systems
having very low oxygen demands, where the extent of oxygen utilization is insuf-
ficient to give an accurate measure of the drop in oxygen concentration. In that
case, the unsteady-state method (39,40) is best, as exemplified by its successful
use with seed priming bioreactors (5).

Recently, a new steady-state technique has been introduced and it has
become quite widely adopted. It involves the catalytic reduction of hydrogen per-
oxide either by catalase (41) or manganese dioxide (42). The former catalyst is
less robust but is very good with polymer solutions simulating high viscosity fer-
mentation broths where it has been utilised in fermenters up to 80 m3 (43). How-
ever, the catalase is easily denatured especially by electrolytes and in that case,
MnO2 is better (42). The only data required is the constant flow rate of H2O2 and
the dissolved oxygen concentration.

3. Aeration in Bioreactors

A huge variety of bioreactors has been developed and a thorough review is avail-
able (44). It is not feasible to consider them all and large numbers are only curi-
osities. A useful subdivision has been made into three generic types involving the
way in which air is dispersed to give the desired specific surface area. These are
bioreactors driven by rotating agitators (stirred tanks), bioreactors driven by gas
compression (bubble columns/loop fermenters), and bioreactors driven by circu-
lating liquid (jet loop reactors) (45). The first two are the most important.

3.1. Stirred Tank Bioreactors. Traditionally, stirred tanks have been
the most common types of bioreactors for aerobic processes and they remain so
even in the face of newer designs. One of the main reasons is their extreme flexi-
bility. Operational designs using controlled air flow rates up to �1.5 vvm (volume
of air/min per unit volume of fermentation fluid) and variable speed motors cap-
able of transmitting powers up to about 5 W/kg with control down to close to zero
are suitable for almost any bioreaction. These tanks are also relatively insensi-
tive to fill, ie, to the proportion of liquid added to the bioreactor, and are therefore
quite satisfactory for fed batch operations. Control of dissolved oxygen can be
carried out by either altering aeration rate and/or agitator power input (via
speed control) or for fed batch by adjusting the nutrient feed rate. They are
also capable of handling relatively satisfactorily broths that become significantly
viscous during the course of a fermentation. In that case, design for good bulk
mixing (homogenization) may be the most demanding task that the agitator is
required to carry out (46).
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Until recently most industrial scale, and even bench scale, bioreactors of
this type were agitated by a set of Rushton turbines having about one-third
the diameter of the bioreactor (47) (Fig. 3). In this system, the air enters
into the lower agitator and is dispersed from the back of the impeller blades by
gas-filled or ventilated cavities (48). The presence of these cavities causes the
power drawn by the agitator, ie, the power required to drive it through the broth,
to fall and this has important consequences for the performance of the bioreactor
with respect to aeration (36). The parameter kLa has been related to the power
per unit volume, P/V, in W/m3 (or P/rV in W/kg) and to the superficial air
velocity, vs, in m/s (20), where vs is the air flow rate per cross-sectional area of
bioreactor. This relationship in water is

kLa ¼ 2:6 � 10�2 P

V

� �0:4

v0:5
s ð16Þ

and for electrolyte solutions:

kLa ¼ 2:0 � 10�3 P

V

� �0:7

v0:2
s ð17Þ

Each equation is independent of impeller type. As pointed out earlier, the
absolute kLa values vary considerably from liquid to liquid. However, similar

Rushton turbine

Seal

Shaft
4

Baffles

B

Gear boxMotor
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C∆

C∆

C

C

∆

T

Fig. 3. A large-scale fermenter agitated by Rushton turbines (47) where B/T¼ 0.1,
H=T ’ 3:3, D=T ’ 0:35, C/T¼ 0.25, and DC/T¼ 0.51.
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relationships have been found for other fluids, including fermentation broths,
and also for hold-up, eH. Therefore, loss of power reduces the ability of the
Rushton turbines to transfer oxygen from the air to the broth.

There are two other features of Rushton turbines that require consideration
(49). First, as these turbines disperse the gas–liquid mixture, they drive it
radially outward at each agitator leading to rather poor top-to-bottom mixing.
Second, if the air flow rate is too high, they can no longer disperse the air and
the impellers are said to become flooded (50). New impellers have been intro-
duced that are better able to handle the large quantities of air needed in large
scale fermentations and that do not lose power so significantly. The most com-
mon have been the so-called, hollow-blade radial flow impellers, especially the
Chemineer CD6 and the Scaba 6SRGT [Fig. 4(a)] (49). However, as with Rushton
turbines, these other radial impellers in mutiple configurations as found in
industrial scale fermenters, also provide relatively poor top-to-bottom bulk
blending of nutrients (including air) (49). Therefore there has been another
trend which has been aimed at improving this characteristic by using multiple
down-pumping, wide blade hydrofoil impellers such as the Lightnin’ A315 [Fig.
4(b)] and the Prochem Maxflo T [Fig. 4(c)] (49). These types do improve vertical
mixing but on aeration, they lose power and have very unstable torque, power
and flow characteristics (49). A quite counter-intuitive procedure is the utiliza-
tion of multiple up-pumping, wide blade hydrofoils such as the Hayward Tyler
(formerly APV) B2 [Fig. 4(d)] (51) or the Lightnin’ A315 (52). These give stable
and high aerated power characteristics (49), a very high air handling ability
without flooding and good vertical blending, even in viscous broths at specific
power inputs up to �2 W/kg (52). The Ekato Intermig (not shown) was proving
popular in Europe but it has been shown to give intense vibrational problems
because of the large gas-filled cavities that it develops, especially in viscous
broths (53) and the manufacturers no longer recommend it for aeration.

These new impellers are progressively taking over from Rushton turbines.
However, the reported improvements achieved by them are attributable to better
bulk blending compared to Rushton turbines rather than to improved rates of

Fig. 4. Examples of agitators (53) progressively replacing the Rushton turbine: (a) radial
Scaba 6SRGT, (b) (i) down-pumping Lightnin’ A315[which has also been shown to work
effectively in the up-pumping mode (ii) (52)], (c) down-pumping Prochem Maxflo T, and
(d) up-pumping Hayward Tyler (formally APV) B2.

Vol. 1 AERATION, BIOTECHNOLOGY 739



aeration, ie, kLa (46). Indeed, though higher kLa values may be achieved, it is
only as a result of increases in either P/V or vs in equations 16 or 17.

Recently, an equation based on data obtained by the steady-state hydrogen
peroxide technique has been obtained (54). The fluids used were water and vis-
cous shear thinning sodium methyl carboxy–cellulose solutions. The impellers
used were a Rushton turbine, a Lightnin’ A315 , a hollow-blade impeller and
a pair of Intermigs. The effect of viscosity was allowed for by the method of
Metzner and Otto (53). The equation is

kLa ¼ 4:7 � 10�4ðP=VÞ0:34ðvsÞ0:27ð�aÞ�0:75 ð18Þ

where ma is in kg/m s. This equation fitted the data to �20% that is typical for
such work (20). However, it is important to recognise that there are many
other equations available and it is impossible to determine which is the best.

3.2. Bubble Column and Loop Bioreactors. Air driven bioreactors
are said to offer these advantages (44): No opening for a shaft is required and
therefore they are less likely to become contaminated; and they are very simple
to operate on the very small scale and more economic on the very large scale
where huge agitators and motors would otherwise be required (55). Initially, it
was also considered that they were less likely to damage bioreactions involving
fragile material such as plant (4) or mammalian cells. However, a recent paper
on the former, which acknowledges that such systems are often rather viscous,
recommends up-pumping hydrofoils (56). Also, for the latter, stresses associated
with bursting bubbles rather than rotating agitators have been shown to be the
main determinants of cell damage (57).

Examples of air driven bioreactors are given in Figure 5. The bubble column
is clearly the simplest of these bioreactors to construct. However, because of its
rather ill-defined liquid circulation, air-lift reactors having either internal
(draught tube) or external (loop) circulation of broth have been introduced.
The major disadvantages of all three types are the poor capability of handling
very viscous fermentations, especially those having a yield stress; the inflexibil-
ity, especially of the airlift types, which only work well using a fill closely
matched to the size of the bioreactor and its internals (this match affects both
circulation rates, mixing and mass transfer, and bubble disengagement); and
lack of independent control of dO2 and mixing, since both are closely linked to
the aeration rate. Reference 58 presents a very interesting literature review
and analysis of bubble columns. In contrast to stirred tank bioreactors, the bubble
size may in certain cases be very dependent on the way the air is introduced, ie,
on the type of sparger employed. For systems having hindered coalescence, very
fine (0.25–1 mm diameter) bubbles can be formed by using porous disks,
provided the superficial gas velocity is less than �10�2 m/s. These conditions
lead to very high kLa values. However, unless coalescence is very repressed,
the bubble size grows within �0.5–1 m to give kLa values similar to those
found in coarse bubble systems. There may also be disengagement problems if
coalescence does not occur.

Coarse bubble systems are typically found with orifice, perforated disks,
or pipe spargers. Under most realistic conditions, bubbles of �4–6 mm are

740 AERATION, BIOTECHNOLOGY Vol. 1



formed. For a wide range of sizes,

kLa ¼ 0:32v0:7
s ð19Þ

Figure 6 enables a comparison to be made of kLa values in stirred bioreac-
tors and bubble columns (58). It can be seen that bubble columns are at least as
energy-efficient as stirred bioreactors in coalescing systems and considerably
more so when coalescence is repressed at low specific power inputs (gas veloci-
ties).

It is also interesting to use Figure 6 to make a comparison of different aera-
tion devices on the basis of energy efficiency. From equation 6 and assuming a
constant driving force,

N / OTR / kLa ð20Þ

and from Figure 6

kLa /�
� P=Vð Þ0:6 ð21Þ

Air
distributor

Air

(a) (b) (c)

Draught
tube

External
loop

Liquid

Liquid

Air

Air

Fig. 5. Examples of air driven bioreactors: (a) bubble column, (b) draught tube, and (c)
external loop.
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Therefore,

OTR

P=V
/�

�

�
P

V

��0:4

ð22Þ

or

OTRð ÞV
P

/�
�

�
P

V

��0:4

ð23Þ

so that

kg O2

kW�h

� �
/�

�

�
P

V

��0:4

ð24Þ

From equation 24, it can be seen that the higher the power input per unit
volume, the lower the oxygen-transfer efficiency. Therefore, devices should be
compared at equal transfer rates. All devices become less energy efficient as
rates of transfer increase (3).

External and internal loop airlifts and bubble column reactors containing a
range of coalescing and non-Newtonian fluids, have been studied (59,60). It was
shown that there are distinct differences in the characteristics of external and
internal loop reactors (61). Overall, in this type of equipment

kLa /�
� �

�0:9
a ð25Þ

showing a greater fall as viscosity increases than in stirred tank bioreactors
(kLa / ��0:5

a � ��0:7
a ) and supporting the contention that such devices are unsuit-

able for viscous broths. The complete lack of oxygen transfer found in the
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Fig. 6. A comparison of kLa values (58). Represented are 1, stirred bioreactor using
water, vs¼ 0.02 m/s, kLa (eq. 16); 2, stirred bioreactor using water, vs¼ 0.04 m/s, kLa
(eq. 16); 3, bubble column using water, kLa (eq. 19); 4, stirred bioreactor using salt water,
vs¼ 0.02 m/s, kLa (eq. 17); 5, stirred bioreactor using salt water, vs¼ 0.04 m/s, kLa (eq. 17);
and 6, bubble column using salt water (noncoalescing).
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downcomer in one high viscosity study (59) is also a significant factor and could
easily lead to values of CL<Ccrit being found in that region.

4. Applications to Different Biological Species

4.1. Mycelial Fermentations. Mycelial fermentations typically become
viscous and shear thinning and difficult to mix (53). For such systems, kLa and
mixing are inextricably interlinked. Agitators that give better bulk blending per
unit of energy can also give higher kLa values by involving more of the fermenter
volume in the mass-transfer process (46). In practice, this requirement suggests
low power number, large impeller-to-tank diameter ratio impellers such as those
shown in Figure 4 should be used. Agitation levels link with mycelial structure
and if pelleted growth can be encouraged, for example, using P. chrysogenum
(12), viscosity does not significantly increase and high levels of kLa can be
maintained at satisfactory specific power inputs. Difficulties may arise, however,
if the pellets are too large, as a result of diffusion resistance within them (1),
leading to oxygen starvation of the potentially active sites at the center of the
pellet (9).

Because of the high viscosity, adequate bulk blending, oxygen transfer, and
cooling often require high specific power inputs. Recent work has clearly shown
that such levels of agitation can cause significant mycelial breakage. In the case
of P. chrysogenum, such breakdown leads to loss of productivity (62). However,
with Aspergillus oryzae, though breakdown occurs, productivity is unaffected
(63). Models of this breakage have been developed and validated and the reader
is referred to the original papers (62,63) for further information as it is outside
the scope of this article. Clearly, however, if breakage does not affect productiv-
ity, short periods of intense agitation might be used to break hyphae in order to
lower viscosity (63). Such an action should then lead to enhanced kLa and allow
lower agitation intensity to be used subsequently.

4.2. Xanthan Gum Fermentations. Xanthan gum (and other polysac-
charide) fermentations become very viscous toward the end whether batch (64)
or fed-batch (65). Therefore, satisfying the oxygen demand at this stage is very
demanding of agitation power. Because the broth also possesses a yield stress,
bulk blending to maintain dissolved oxygen above the critical concentration
throughout the fermenter has a major impact on the productivity and the quality
of the gum (66). Stirred bioreactors are therefore preferable using large impeller/
tank diameter ratios and more closely placed impellers (66).

4.3. High Oxygen Demanding Fermentations. High oxygen demand-
ing fermentations often require a higher level of oxygen over relatively short
periods of time. The use of enriched air, or pure oxygen, as a separate feed stream
and/or back pressure for a short period to enhance C*

g as well as maximizing
power and aeration rate to give the highest kLa may be worth considering. In
such circumstances, the flexibility of the stirred bioreactor is a distinct advan-
tage.

4.4. Animal Cell Culture. Airlift (67) and bubble column bioreactors
have been considered necessary for handling fragile animal cells. However,
more recent work has shown that bursting bubbles are much more damaging
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to these cells than agitation unless protective agents such as Pluronic F68 are
included in the media (68,69). On the other hand, sparged aeration in the pre-
sence of Pluronic in standard stirred bioreactors have been found not to damage
hybridoma cells even at rather high (0.25 kW/m3) agitator power inputs on a
small scale (68,69). Such power inputs even at low aeration rates (say
0.05 vvm) would meet the needs of most industrial animal cell culture processes
at the cell densities presently achievable and the use of enriched air and back
pressure would further extend the range of cell densities that could be handled.
Furthermore, it has recently been shown that the typical very low power inputs
initially used industrially (<�0.01 W/kg) lead to major homogenization problems
with respect to pH (70). A trend to higher specific power inputs at the industrial
scale in order to overcome these problems is discernable.

4.5. Plant Cell Culture. Airlift bioreactors have been favored for plant
cell systems since these cultures were first studied (4). However, they can give
rise to problems resulting from flotation of the cells to form a ‘‘meringue’’ on
the top and they are often rather viscous (56). It is interesting to note that
some reports indicate that stirred bioreactors do not damage such cells (4), and
a recent paper (56), after an extensive review of the literature, has recommended
the use of up-pumping, wide-blade hydrofoil impellers in agitated bioreactors.

4.6. Seed Priming Bioreactors. Seed priming is a relatively new tech-
nique enabling seeds suspended in an osmotica to imbibe moisture and thus be
brought to the point of germination (5). However, germination does not occur.
Subsequently, on sowing, germination is very rapid and synchronous. While
the process is taking place (up to �14 days), the seeds require oxygen. Both
bubble column (71) and stirred bioreactors (5) have been used successfully,
although the former requires high air rates to keep seeds in suspension (72).
In addition, some seeds such as onions, appear to have a critical oxygen concen-
tration greater than saturation with respect to air that may be due to diffusion
limitations within the seed. In that case, enriched air must be used and, in order
for the process to be economic, stirred bioreactors are appropriate (71).

4.7. Single-Cell Protein. Systems involving single-cell proteins are
often very large throughput, continuous processing operations, such as the
Pruteen process developed by ICI. These are ideal for airlift bioreactors of
which the pressure cycle fermenter is a special case (55).

4.8. Biological Aerobic Wastewater Treatment. Biological aerobic
wastewater treatment is a rather specialized biotechnical application (73). The
activated sludge process consists of an aerated bioreactor to which the basic prin-
ciples of oxygen transfer discussed here apply. Either aerated agitators or air
spargers (diffusers) are used. Where the effluent has especially high oxygen
demands, however, pure oxygen or oxygen-enriched air is employed. Two exam-
ples are the UNOX process (74), which involves agitation and the ICI deep-shaft
process (equivalent to a loop fermenter) that is very effective where space is
a premium (75). For maintaining the aeration of large quantities of relatively
pure water having a low oxygen demand, where space is not a limitation, such
as in reservoirs, simple plunging jets having low kLa values but very high energy
efficiency are suitable (27). There is also a range of specialized devices in which
the area for oxygen transfer is achieved by the use of extended solid surfaces on
which a biofilm, irrigated by the water being treated, grows, eg, trickle beds and
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rotating disk contactors (73). Also, three-phase systems (fluidized beds) have
been developed (11). These are bubble columns in which the air flow keeps
inert solids such as sand in suspension giving a large surface area on which
the biofilm can grow (11).

5. Nomenclature

Symbol Definition SI units

a interfacial area of air per unit volume of liquid m2/m3

A interfacial area available for mass transfer m2

Ccrit critical dissolved oxygen concentration kg/m3

Ci concentration of oxygen in the liquid phase at the
interface

kg/m3

CL concentration of oxygen in the bulk liquid kg/m3

Cg
* saturation concentration of oxygen in the liquid for

an oxygen partial pressure pg

kg/m3

dB Sauter mean bubble size m
H Henry’s law constant kPa�m3/kg
J oxygenation rate kg/s
kg gas film mass-transfer coefficient kg/(s�m2�kPa)
kL liquid film mass-transfer coefficient m/s
N oxygen mass flux kg/(m3�s)
P power imparted to the liquid W
Pg total pressure of the gas phase kPa
pg partial pressure of oxygen in the bulk of the gas

phase
kPa

pi partial pressure of oxygen in the gas phase at the
interface

kPa

T temperature 8C
vs superficial gas velocity m/s
y volume (mole) fraction of oxygen in gas phase dimensionless
EH hold-up dimensionless
s surface tension N/m
y temperature coefficient¼ 1.022 dimensionless
ma apparent dynamic viscosity kg/(m � s)
r broth density kg/m3

Subscripts
in air entering the bioreactor

out gas leaving the bioreactor
lm ln mean

BIBLIOGRAPHY

‘‘Aeration, Biotechnology’’ in ECT 4th ed., Vol. 1, pp. 645–660, by Alvin W. Nienow, Uni-
versity of Birmingham (U.K.); ‘‘Aeration, Biotechnology’’ in ECT (online), posting date:
December 4, 2000, by Alvin W. Nienow, University of Birmingham.

CITED PUBLICATIONS

1. J. E. Bailey and D. F. Ollis, Biochemical Engineering Fundamentals, 2nd ed.,
McGraw-Hill Book Co., New York, 1986.

Vol. 1 AERATION, BIOTECHNOLOGY 745



2. K. Kargi and M. Moo-Young, in M. Moo-Young, ed., Comprehensive Biotechnology,
Vol. 2, Pergamon Press, Oxford, 1985, Chapt. 2.

3. K. van’t Riet, Trends Biotechnol. 1, 113 (1983).
4. A. H. Scragg and co-workers, Proceedings of the International Conference on Bioreac-

tors and Biotransformations, NEL/Elsevier, London, 1987, p. 12.
5. A. W. Nienow and P. A. Brocklehurst, Proceedings of the International Conference on

Bioreactors and Biotransformations, NEL/Elsevier, London, 1987, p. 52.
6. M. Lavery and A. W. Nienow, Biotechnol. Bioeng. 30, 368 (1987).
7. A. P. J. Sweere, K. Ch. M. M. Luyben, and N. W. F. Kossen, Enzyme Microb. Technol.

9, 386 (1987).
8. B. Atkinson and F. Mavituna ,Biochemical Engineering and Biotechnology Hand-

book, Macmillan, London, 1983.
9. B. Metz and N. W. F. Kossen, Biotechnol. Bioeng. 19, 781 (1977).

10. B. Atkinson and I. S. Daoud, Adv. Biochem. Eng. 4, 42 (1976).
11. C. Webb, in C. F. Forster and D. A. J. Wase, eds., Environmental Biotechnology, Ellis

Horwood, Chichester, 1987, Chapt. 9.
12. K. Schugerl and co-workers, Proceedings of the 2nd International Conference on

Bioreactor Fluid Dynamics, British Hydromechanics Research Association, Cran-
field, U.K., 1988, p. 229.

13. J. A. Howell and B. Atkinson,Water Res. 10, 304 (1976).
14. A. W. Nienow, in Ref. 11, Chapt. 10.
15. P. V. Danckwerts, Gas–Liquid Reactions, McGraw-Hill Book Co., New York, 1970.
16. N. M. G. Oosterhuis and N. W. F. Kossen, Biotechnol. Bioeng. 26, 546 (1984).
17. R. Manfredini, V. Cavallera, L. Marini, and G. Donati, Biotechnol. Bioeng. 25, 3115

(1983).
18. Y. H. Lee and G. T. Tsao, Adv. Biochem. Eng. 13, 35 (1979).
19. N. P. D. Dang, D. A. Karrer, and I. J. Dunn, Biotechnol. Bioeng. 19, 953 (1977).
20. K. van’t Riet, Ind. Eng. Chem. (Proc. Des. Dev.) 18, 357 (1979).
21. D. I. C. Wang and co-workers, Fermentation and Enzyme Technology, Wiley-

Interscience, New York, 1979.
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